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b ETH-Zürich, Automatic Control Laboratory, Physikstrasse 3, 8092Zürich, Switzerland
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Abstract

The operation of simulated moving beds (SMBs) at their optimal operating conditions is difficult and not robust. Therefore, it is common
p effect of
d ic potential
o troller to
o condly, to
s redundant
a ntrol concept
o parated are
r
©

K

1

m
c
i
w
t
i
d
c
s
n
p

sig-
sis.

, i.e.
and
-bed
cur-
the
dic

tion
kes
to
ry to
aches
ofiles
po-

0
d

ractice to operate SMB units far from their economic optimum in order to tolerate uncertainties in the system and minimize the
isturbances. Recently, we have proposed an on-line optimization based SMB control scheme that allows to exploit the full econom
f SMB technology. The goal of this work is two-fold. Firstly, to experimentally evaluate and demonstrate the capability of the con
ptimize and operate the SMB units, thus delivering the products with maximum productivity and minimum solvent consumption. Se
how the suitability of the controller even using a minimum of system information, thus making the detailed isotherm measurements
nd saving time in the separation design phase. This paper reports and discusses the first experimental implementation of the co
n a high purity separation of nucleosides (uridine, guanosine) with an eight-column four-section SMB where the species to be se
etained on the source 30RPC stationary phase according to a linear isotherm.

2005 Elsevier B.V. All rights reserved.
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. Introduction

The simulated moving bed (SMB) is a continuous chro-
atographic separation technique based on a solid/liquid

ountercurrent contact used for the separation of mixtures
n two fractions. The continuous nature of the process as
ell as the higher productivity and lower solvent consump-

ion compared to single column chromatography has led to
ncreased interest of the fine chemical and pharmaceutical in-
ustry[1,2]. It has become a well established operation, espe-
ially for enantioseparations, but it is also attractive for bio-
eparations. The simulated moving bed is a separation tech-
ique, which can be applied at all scales from laboratory to
roduction. This makes it a very convenient choice for the de-

∗ Corresponding author. Tel.: +41 1 632 2456; fax: +41 1 632 1141.
E-mail address: mazzotti@ipe.mavt.ethz.ch (M. Mazzotti).

velopment of new drugs, where the time to market can be
nificantly reduced if SMB is used after symmetric synthe

The scheme of an SMB is shown inFig. 1. The unit is
divided into four sections by the inlet and outlet streams
the two product outlets extract and raffinate, and the feed
desorbent inlets. Each section consists of several fixed
chromatographic columns. Approximating a true counter
rent process (true moving bed, TMB), the SMB simulates
otherwise difficult movement of the solid phase by perio
switches of all inlet and outlet ports by one column posi
in the direction of the fluid flow. The separation itself ta
place in Sections2 and 3. Sections1 and 4are necessary
regenerate the solid and the liquid, respectively. Contra
true countercurrent processes such as the TMB, SMB re
a cyclic steady state where the internal concentration pr
move in the direction of the fluid flow and the outlet com
sitions change periodically in time[3].

021-9673/$ – see front matter © 2005 Elsevier B.V. All rights reserved.
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Fig. 1. Scheme of a simulated moving bed (SMB) unit including UV detectors for on-line concentration measurements in extract and raffinate.

Recently several new SMB schemes allowing for fur-
ther improvements in the separation efficiency have been
introduced[4–6]. Nevertheless, the operation of SMB units
at their economic optimum is still an open issue. Close to
the optimal point, the operation becomes less robust. In ad-
dition, uncertainties in terms of isotherm parameters, pump
stability and calibration, temperature stability or aging of the
columns make the operation at the optimum even more diffi-
cult. Therefore, it is common practice to choose a sub-optimal
operating point in order to avoid off-spec production. Fur-
thermore, proper off-line optimization requires a significant
effort in system characterization such as a detailed isotherm
measurement, which is rather time consuming.

Implementing a proper on-line feedback control scheme
has the potential to allow for the operation of SMB units at
their economic optimal conditions despite uncertainties and
disturbances. However, the underlying characteristics of the
SMB process, such as its non-steady-state, nonlinear and hy-
brid nature, make the control problem challenging. Several
SMB control approaches have been proposed by other groups
[7–12]. The common drawback of these approaches is the
need for accurate data about the system. We have proposed a

control strategy that integrates the on-line optimization and
control of the SMB process, thus addressing the difficulties
mentioned above[13–17]. A significant feature of the devel-
oped SMB control concept is that it is based on the linear
adsorption isotherm and the overall average packing char-
acteristic of the SMB unit only, regardless of the type of
isotherm characterizing the separation system. This removes
the necessity of detailed characterization of the columns and
of the behavior of the mixture to be separated. This work
presents and discusses the first experimental implementation
of the developed concept for the high purity separation of nu-
cleosides (uridine, guanosine) in a eight-column SMB unit.

2. On-line optimization based SMB control

To develop the proposed SMB control scheme,repeti-
tive model predictive control (RMPC) was used[18,19]. The
RMPC formulation is based on the assumption that possible
model prediction errors and/or the effect of disturbances on
the plant output are likely to repeat due to the periodic nature
of the process, and therefore the information from the past

ptimiza
Fig. 2. Scheme of the o
 tion based control concept.
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cycles can be used to correct the model errors in the future
cycles. The applied control concept is shown schematically
in Fig. 2and a detailed description can be found in[13–15].
The core is an explicit, simplified SMB model. The internal
flow rates in the four sections of the SMB and the concen-
tration levels in the two outlet streams, extract and raffinate,
are used as the manipulated and measured variables, respec-
tively. The switching periodt∗ is defined at the beginning of
the operation and kept constant. The goal is to optimize the
performance of the plant in terms of productivity and sol-
vent consumption on-line, while the purity of the products in
extract and raffinate should be above a defined purity limit.
The product concentrations are measured on-line by a suit-
able sensor system and are used as feedback information. The
concentration measurements are used together with a periodic
time-varying Kalman filter and the SMB model to estimate
the current state of the plant. With this information the con-
troller is then able, by using the SMB model, to predict the
future evolution of the plant and to calculate an optimal plant
input in terms of flow rates for the specified economical ob-
jective and product/process constraints. The controller is able
to act on the plant by changing the flow rates in discrete time
intervals. In our case an SMB cycle is divided intoN = 64
time steps, i.e. eight time steps per switching interval in a
eight-column SMB. The dynamics of an SMB plant is such
that a flow rate change is not immediately effective, but some
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f pre-
d ture
t he
o nce
t cle,
i imal
fl . At
t vail-
a asis
o rates
c ed.

2

a-
t puta-
t me-
v n of
t
m still
c inear
t be-
l ure
c

hich
a ches
a the
S are
s and

outlet ports. In practice the true periodicity of the process is
not a single switch, but the duration of an entire cycle, i.e.
number of switches equal to the number of columns, because
of possible small column to column differences. Therefore,
we have definedN time steps per cycle (N = 64 in our case)
and extractedN different internal profiles corresponding to
the defined time instances, i.e. sample points. The nonlinear
SMB model equations are linearized at each sample point us-
ing the corresponding cyclic steady-state concentration val-
ues and the flow rates in the four sections. Regardless of the
specific adsorption isotherm, the SMB model is nonlinear
because of the bilinear convective term where column flow
rates and species concentration are multiplied. This proce-
dure leads to the following linear time-varying state-space
SMB model to be used in the control algorithm:

xk(n + 1) = A(n)xk(n) + B(n)uk(n),

yk(n) = C(n)xk(n) for n = 0, . . . , N − 1 (1)

In the equation above,k is the cycle index andn is the time
index within a cycle. The output vectory consists of the con-
centrations of the componentsA andB in both extract and
raffinate, i.e.cR

A(n), cR
B(n), cE

A(n) andcE
B(n). The state vec-

tor x and the input vectoru comprise the internal concen-
tration values along the unit and the flow rates in the four
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ime is required for the concentration profiles to build up
or the outlet purities to change. Therefore, the controller
icts and optimizes the performance of the plant over a fu

ime window of two cycles, i.e. the prediction horizon. T
n-line optimization yields the optimal flow rate seque

o be implemented at the 64 time intervals of the first cy
.e. the control horizon, whereas only the calculated opt
ow rates for the first time step are indeed implemented
he next time step, new feedback information becomes a
ble and a new optimization problem is solved on the b
f the updated state of the process. Again only the flow
orresponding to the following time step are implement

.1. SMB model

A detailed SMB model is not suited for on-line optimiz
ion because of its nonlinear nature and excessive com
ional load. Therefore, a simplified model, i.e. a linear ti
arying model of the process obtained via linearizatio
he equilibrium dispersive SMB model, is applied[14]. This
odel is simple enough for on-line computation and

aptures the dynamics of the process sufficiently. The l
ime-varying SMB model is obtained as briefly described
ow. A more detailed description of the modelling proced
an be found elsewhere[13,14].

The SMB process does not achieve a steady state in w
ll the process variables are constant in time, but it rea
cyclic steady state, in fact the concentration profiles in
MB propagate in the direction of the fluid flow and
hifted back at each port switch with respect to the inlet
ections, respectively. All variables are defined in term
eviation variables. For instance, the state vector is de
sx(n) = c(n) − cref(n), wherecref is the reference intern
oncentration profile corresponding to timen used for the lin
arization of the nonlinear model equations. The trans

rom one cycle to the next can be written as:

k+1(0) = xk(N) (2)

his implies that the space composition profiles at the e
he current cyclek, are used as initial conditions for the n
ycle k + 1. The obtained time-varying linear model of
MB process constitutes the basis for the on-line predi
nd optimization of the process as described above. O
ther hand, because the order of the obtained model
igh, it might lead to significant computational load for

ine applications. Hence, the order of the model is red
y balanced model reduction technique. We refer to avai

iterature for the details of the model reduction proced
14].

.2. Optimization problem

The aim of the developed control concept is to optimize
erformance of the SMB plant. The controller should m
ize the productivity PR (Eq.(3)) and minimize the deso
ent requirement DR (Eq.(4)) while fulfilling constraints on
minimum product purity of extract and raffinate:

R= amount separated per time

volume solid phase
= QFcF

ncolV (1 − ε∗)
(3)



S. Abel et al. / J. Chromatogr. A 1092 (2005) 2–16 5

DR = desorbent consumption

amount separated
= (QD + QF)ρD

QFcF
(4)

In the above equation, the density of the feed stream is as-
sumed to be equal to the desorbent density, i.e.ρD, because
of its high dilution. The plant equipment in terms of size and
number of columns as well as column packing properties is
given. A suitable switch timet∗ and feed concentrationcF
are fixed before the plant is started up. According to Eq.(3),
the productivity can be maximized by maximizing the feed
flow rateQF, i.e. the throughput. The desorbent requirement
is minimized by minimizing the desorbent flow rateQD (see
Eq.(4)).

Several constraints arising from technical limitations have
to be fulfilled as well, e.g. constraints on the flow rates due to
a maximum pressure drop limit. Here, the required product
specifications are enforced by constraining the average puri-
ties over the prediction horizon, e.g. two cycles in our case,
with a lower bound.

Pave
E ≥ Pmin

E − s1, where s1 ≥ 0 (5)

Pave
R ≥ Pmin

R − s2, where s2 ≥ 0 (6)

Slack variables, i.e.s1 ands2, are a standard method to elim-
inate the infeasibility problems that may occur during the
on-line optimization. The feasibility of the purity constraints
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solve the LPs was 1.2 s on a PC with a 3 GHz processor. The
effectiveness of this control approach has been demonstrated
through extensive simulations in different cases (model/plant
mismatch; disturbances), and for different linear and nonlin-
ear adsorption isotherms[13–17].

3. Experimental

3.1. Materials and system characterization

The separation of the nucleosides uridine and guanosine
(in the following also referred to as U and G, respectively),
purchased from Sigma–Aldrich Chemie GmbH (Steinheim,
Germany), on the reversed phase SOURCE™ 30RPC (Amer-
sham Biosciences, AB, Uppsala, Sweden), was considered.
This stationary phase is designed for fast, high performance
preparative separations of bio-molecules such as proteins,
peptides and oligonucleotides and has a matrix based on rigid,
polystyrene/divinyl benzene 30�m mono-sized beads. This
material was slurry packed into nine standard stainless steel
columns (10 cm× 1 cm) using a solvent mixture of 97% wa-
ter and 3% ethanol with a flow rate ofQ = 40 ml/min and
30 min packing time. The ethanol content of the solvent mix-
ture used in the packing procedure is kept low on purpose,
because operating the SMB unit with a solvent mixture that
h lumn
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Eqs.(5) and (6)) is guaranteed for sufficiently large values
1 ands2. Excessive usage of slack variables is penalize
he cost function. The operating constraints due to hard
imitations such as maximum allowable flow rate relate
he pressure drop limitations of the columns are also in
orated into the optimization problem as linear inequa
onstraints.

≤ Qj ≤ Qmax
j for j = 1, . . . , 4 (7)

he cost function of the optimization problem is defined
inimizing the cumulative solvent consumption and m
izing the cumulative throughput over the control horiz
.g.nc = 1 cycle in our case.

min
nc,s

[λDQ
nc
D − λFQ

nc
F + λ1s1 + λ2s2] (8)

n the expression above,Q
nc
D andQ

nc
F are the cumulative so

ent consumption and throughput over the control hori
espectively;λD andλF are the weights of the correspond
erms that are reflecting their importance in the operating
ective. The vectorQnc consists of the manipulated variabl
.e. internal flow rates, for the complete control horizon.
arametersλ1, λ2 are the weights of the corresponding sl
ariables in the cost function, which are kept large in o
o punish their excessive use.

The linear cost function (Eq.(8)) together with the linea
onstraints (Eqs.(5)–(7)) constitutes a linear program (LP
.e. with approximately 3000 constraints and 280 variab
o be solved on-line. ILOG CPLEX 7.0 is used as the c
ercial LP solver, and the maximum computation tim
as a lower ethanol content than the one used for co
acking might lead to shrinking of the packing material
ight later change the column characteristics. As the firs
f the system characterization, the adsorption behavior o
ucleosides was determined; their adsorption isotherms

ound, i.e.:

i = Hici (i = G, U) (9)

he effect of the solvent composition on the adsorption
avior of uridine and guanosine has been investigated,

ustrated inFig. 3. The Henry’s constantsHi were calculate
rom the retention timestR,i of dilute peaks and for ethan

ig. 3. Henry’s constants of the nucleosides uridine and guanosine in
ures of different ratios of ethanol and water at 22◦C.
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Table 1
Column test with 5% ethanol in water at 22◦C; cU = cG = 0.05 g/l;Vinj =
20�l

Column number HU HG ε∗

1/spare column 1.274 2.168 0.367
2 1.327 2.293 0.377
3 1.351 2.334 0.373
4 1.344 2.324 0.374
5 1.349 2.328 0.375
6 1.332 2.301 0.378
7 1.328 2.295 0.375
8 1.330 2.268 0.372
9 1.321 2.248 0.374

Average (2–9) 1.335 2.299 0.375
σ (2–9) 0.011 0.030 0.0019

contents from 0 to 10%. The dead time due to the HPLC dead
volume was subtracted first.

Hi = ε∗

1 − ε∗

(
tR,i − t0

t0

)
(i = G, U) (10)

Fig. 3shows the Henry’s constants of uridine and guanosine
in mobile phases with different ethanol/water ratios at 22◦C.
One can observe that both the selectivity, i.e.S = HG/HU,
and the absolute values of the Henry’s constants are increas-
ing with decreasing ethanol content. The SMB operating con-
ditions should be chosen in a way that the selectivity is high,
i.e. the region of complete separation is large, so that the
separation becomes easier and more robust, and the Henry’s
constants are small, so that one can use a low switch time
t∗ and increase the productivity[3]. On the other hand, the
lower the switch time, the higher the internal flow rates; there-
fore, one needs to consider the pressure drop limitations when
choosing the switch time. As a compromise, an ethanol con-
tent of 5% has been chosen for the experiments. The switch
time was fixed att∗ = 2 min.

All the columns were tested by injecting a dilute pulse of
uridine and guanosine (seeTable 1). As a result of the tests,
columns 2–9 were utilized in the SMB, whereas column 1,
where the shape of the test pulse deviated slightly, was kept as
a spare column. The overall void fraction,ε∗, of each column
was determined by measuring the retention time of a pulse of
p ecies,
a ume
o

t
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t
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Fig. 4. HETP measurements (at 22◦C) and fitted line according to Eq.(14),
where molecular diffusion could be neglected; (DL,U = 0.014 cm2/s and
DL,G = 0.017 cm2/s atu = 1 cm/s,apkU = 318.8 s−1, apkG = 253.4 s−1).

side of Eq.(12) accounts for eddy diffusion and the second
term accounts for mass transfer resistance:

HETPi = ai + biu (i = G, U) (12)

The number of theoretical plates,Np,i , and the HETPi can be
determined experimentally according to Eq.(13)by measur-
ing the peak width at half height for different fluid velocities
under dilute conditions, i.e. for symmetric peaks:

Np,i = L

HETPi
= 5.54

(
tR,i

wi

)2

(i = G, U) (13)

According to the lumped solid diffusion model of a chro-
matographic column under linear conditions, the following
relationship applies[20]:

HETPi = L

Np,i

= 2ε∗DL,i

u
+ 2u

(1 − ε∗)Hiapki

×
(

(1 − ε∗)Hi

ε∗ + (1 − ε∗)Hi

)2

(i = G, U) (14)

whereDL,i = aiu/2ε∗. The model parameters for axial dis-
persion and mass transfer resistance can be estimated by fit-
ting Eq.(14) to the experimental points, and are represented
i es.
T eloc-
i anol
c

3

ns
(

ure water, which was assumed to be a non-retained sp
ccording to the following equation, where the dead vol
f the HPLC was properly accounted for:

0 = Vε∗

Q
(11)

n the equation above,t0 is the retention time of the no
etained species;V the column volume andQ is the volu-
etric flow rate.Table 1gives the overall void fraction o

he columns. The average void fractionε∗ = 0.375 was use
o design the separation. The effect of the fluid velocity
he column efficiency (see Van Deemter plot inFig. 4) and
n the pressure drop (see Eq.(15)) was determined. Colum
fficiency is expressed in terms of height equivalent to a
retical plate (HETP), where the first term on the right h
n the caption ofFig. 4, which shows the Van Deemter curv
he pressure drop of the columns is proportional to the v

ty and the column length and was measured for an eth
ontent of 5% to be:

�p

uL
= 0.0284

(
bar min

cm2

)
(15)

.2. Laboratory SMB unit

The laboratory SMB unit comprises eight HPLC colum
10 cm×1 cm i.d., particle diameter 30�m) with two
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Fig. 5. Laboratory SMB setup: repetitive single column building block of
the column loop.

columns in each section (2-2-2-2 configuration) and is lo-
cated in a climate controlled room for isothermal operations.
One of the eight modules of the plant setup is shown schemat-
ically in Fig. 5; this module is repeated eight times to con-
stitute the SMB loop shown inFig. 1. The unit is operated
in closed loop mode, which means that the fluid phase is
withdrawn at the end of Section4 and directly recycled to
Section1. Three external streams, i.e. extract, feed and raf-
finate, as well as one internal stream, i.e.Q1, are controlled
by HPLC pumps (Jasco, PU-987). Five (12 + 1) port multi-
position valves (Vici-Valco EMT-6-CSD12UW) implement
the periodic port switching mechanism (seeFig. 5). The flow

direction is determined by eight check valves (UPCHURCH,
CV-3301), each located between two SMB columns as shown
in Fig. 5. The outlet ports of each column and the inlet ports
of the following one are located before and after the check
valve, respectively, in order to establish the liquid flow in
the unit and to avoid cross-contamination. The pressure af-
ter each column as well as the temperature in the unit are
monitored. The plant is automated by a program using the
software package LabView (National Instruments).

The dead volume in the experimental setup consists of
the volume of piping, crossings and check valves. It can be
neglected if the ratio between column volume and dead vol-
ume is large, which is not the case here but should be the
case for most industrial SMB plants. As shown inFig. 6, four
different dead volume elements can be identified for each
individual SMB column. These dead volume elements have
been measured asVd,α + Vd,β = 0.3705 ml,Vd,γ = 0.01 ml
andVd,δ = 0.041 ml. The dead volume per column in Sec-
tions1–4 can be calculated from the number of columns in
the section and the dead volume elements involved:

VD
1 = ncol

1 (Vd,α + Vd,β + Vd,γ ) + (ncol
1 − 1)Vd,δ

ncol
1

(16)

VD
2 = Vd,δ + ncol

2 (Vd,α + Vd,β + Vd,γ + Vd,δ)

ncol
2

(17)

V

V

F the
d
0
l tes
Q a-
r

m

T oop
m e
t hod

Fig. 6. Dead volume distribution for one c
D
3 = ncol

3 (Vd,α + Vd,β + Vd,γ ) + (ncol
3 − 1)Vd,δ

ncol
3

(18)

D
4 = ncol

4 (Vd,δ + Vd,α + Vd,β) + (ncol
4 − 1)Vd,γ

ncol
4

(19)

or a 2-2-2-2 column configuration, as used in this work,
ead volumes per column were calculated to be:VD

1 = VD
3 =

.401 ml,VD
2 = 0.442 ml andVD

4 = 0.4165 ml. Eq.(20) al-
ows to calculate a dead volume correction for the flow ra

j yielding the following equation for the key operating p
ameters, i.e. the flow rate ratios,mj [21]:

j = Qjt
∗ − Vε∗ − VD

j

V (1 − ε∗)
(j = 1, . . . , 4) (20)

he laboratory SMB setup is arranged in the closed l
ode as illustrated inFig. 5. There are different ways to clos

he loop in an SMB setup, where one straight forward met

olumn in the experimental SMB setup.
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(adopted in this work) is to connect the multi-position valve
at the “open loop desorbent outlet” directly to the pump con-
trolling the internal flow rateQ1 using a tee-connection to a
bottle with fresh solvent (seeFig. 5). This way the solvent
from Section4 is directly recycled to Section1 and fresh
solvent makes up for the difference in solvent balance. By
implementing the closed loop in this way, a dead volume
between the desorbent outlet multi-position valve across the
pump to the desorbent inlet multi-position valve is created. It
is not part of the column loop and it does not influenceVD

4 ,
but it introduces a short delay time for the profile to propa-
gate from Sections4–1, in case of incomplete regeneration
in Section4.

3.3. On-line monitoring

To implement a monitoring system suitable for on-line
control, two sensors, one for each the extract and the raffi-
nate outlets, are needed. Each sensor should be able to mon-
itor continuously the nucleosides concentration in the binary
mixture of the product streams. Since the concentrations of
the two components can not be measured individually and a
superimposed signal is to be expected, two different signals
are needed from each sensor, e.g. UV absorbance at two dif-
ferent wave lengths, to calculate the concentration of each

for
le-

re
ined
ths,
nd
B
the

ter

-
of
im-

ulti-

Fig. 8. On-line monitoring of the concentrations of guanosine and uri-
dine (5% ethanol in water,t∗ = 2 min, m1 = 2.276, m2 = 1.263, m3 =
2.294, m4 = 1.298) in (a) raffinate (plant startup) and (b) extract (close-up
over three switch periods).

plemented in the LabView software package:

Sλn = kU
λn

cU + kG
λn

cG, n = 1, . . . , 4 (21)

The UV detectors are positioned between the plant outlet
multi-position valve of extract or raffinate and the corre-
sponding pump, as shown inFigs. 1 and 5. At this position, the
UVs are at the pressure of the plant. Hence they are equipped
with high pressure flow cells for stable and reliable monitor-
ing. The plant pressure is always below 20 bar, depending on
the flow rates. Another option would have been to put the sen-
sors after the outlet pump where the pressure is atmospheric.
In this case the backmixing in the dead volume of the pump
and of the tubings would influence the signal and introduce
a time delay.

Fig. 8shows the concentrations of uridine and guanosine
calculated from the four monitored UV signals for the plant
startup of the experiment described in Section4.2.1. The plant
startup is shown for the first five cycles for the raffinate inFig.
8a and zoomed in on only three switching periods for the ex-
tract around cycle 5 inFig. 8b. The dead volume between
the multi-position valve at the plant outlet and the detector
is almost negligible and a time delay of the measured signal
of only 3 s (at a flow rate ofQ = 2 ml/min) was calculated.
This implies that there is almost no backmixing in the line
between the plant and the detectors and, as can be observed
f mics
v can
n tern
i tem
h lim-
romFig. 8, the sensor system monitors the process dyna
ery accurately. Small variations from column to column
ot be completely avoided, which is evident from the pat

n Fig. 8a. The accuracy of the on-line monitoring sys
as been checked by off-line HPLC measurements for a
component. This yields a system of two equations (one
each signal) with two unknowns (concentration of the nuc
osides), which can be solved for the concentrationscU and
cG. Two multi-wavelength UV 2077 detectors (Jasco) we
chosen as sensors. The two different signals can be obta
by simultaneous measurement at two different waveleng
thus exploiting the difference in the UV spectra of uridine a
guanosine (seeFig. 7). The feed concentrations of the SM
experiments were chosen low enough to allow the use of
UVs in the linear range of the calibration curve. For bet
measurement accuracy the four wavelengthsλ1 = 212 nm,
λ2 = 224 nm,λ3 = 244 nm andλ4 = 280 nm have been cho
sen, which leads to the following over-determined system
linear equations that is solved by least squares regression

Fig. 7. UV spectra of guanosine and uridine measured with a m
wavelength UV 2077 (Jasco);cU = cG = 0.08 g/l. For on-line monitoring,
signals at the following wavelengths were used:λ1 = 212 nm,λ2 = 224 nm,
λ3 = 244 nm,λ4 = 280 nm.
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ited number of SMB experiments and a statistical error of
0.5% on the resulting purity has been estimated. This error
occurs as the sum of several influences such as calibration
deviations at all four UV channels, slight pressure sensitiv-
ity of the sensor, drift of the UV signals, and concentration
level of the compounds (signal-to-noise ratio). It has to be
kept in mind that the achievable accuracy largely depends
on the UV spectra of the two components to be separated
and on the possibility to choose several wavelengths with a
significant difference in measurement response. This implies
that for a system with a larger difference in spectra a bet-
ter accuracy can be achieved. The linearity range of the UV
signal at different wave lengths is also a factor to be consid-
ered. For the system of guanosine and uridine the spectra are
rather close (seeFig. 7), but a reasonable accuracy can still be
obtained.

4. Results and discussion

4.1. SMB separation performance and temperature
effects

Characterization of the columns and of the adsorption be-
havior of the mixture provide us with the information needed
for the design of the SMB separation. This section is devoted
t rfor-
m more
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Table 2
SMB runs at different operating conditions and corresponding purities of
raffinate and extract

Run m2 m3 PR PE

1 1.29 1.79 99.8 94.8
2 1.29 1.79 100.0 95.0
3 1.32 1.82 99.9 99.1
4 1.35 1.85 100.0 99.5
5 1.39 1.89 100.0 99.6
6 1.41 1.91 100.0 99.6
7 1.62 2.12 99.6 99.8
8 1.64 2.14 99.1 99.7
9 1.68 2.18 95.8 99.8

10 1.74 2.24 89.7 99.7
11 1.34 2.07 99.6 99.8
12 1.31 2.11 99.7 99.3
13 1.28 2.17 97.4 95.6

The flow rate ratiosm1 andm4 are fixed as 2.891 and 0.880, respectively,
andt∗ = 2 min.

The region of complete separation in the (m2, m3) oper-
ating parameter space at 23◦C was obtained using the data
from single column Henry’s constants measurements and is
drawn with solid boundaries inFig. 10. The validity of this
region needs to be verified by SMB experiments. To this aim,
SMB experiments with different operating conditions were
run to steady state and the product purities were determined
by HPLC measurements. All experiments were carried out at
a constant switch time, i.e.t∗ = 2 min, and fixed values ofm1
andm4, i.e. m1 = 2.891 andm4 = 0.880, which guarantee
complete regeneration in Sections1 and 4, respectively. The
dead volume of the plant was accounted for properly accord-
ing to Eq.(20) [21]. Table 2reports operating conditions and
corresponding purities of raffinate and extract of the experi-
mental runs. First, ten experiments were performed to verify
the position of the complete separation region, whereas the
last three were performed to identify the optimal operating
conditions, i.e. those close to the vertex of the complete sep-
aration triangle. The reproducibility of the experiments was
tested for one operating point (m2 = 1.286, m3 = 1.789) and
a deviation of less than 0.22% in purity was found (seeTable
2).

F e and g ete se
i

o the experimental verification of the SMB separation pe
ance before implementing the control scheme. Further

he temperature sensitivity of the system is an important
o be clarified in order to assess the robustness of the
xperiments. Therefore, the temperature effect on the ad
ion behavior of each component, i.e. uridine and guano
s characterized by measuring their Henry’s constants a
erent temperatures (seeFig. 9a).Fig. 9b illustrates the regio
f complete separation in the (m2, m3) operating plane fo
ifferent temperatures, and gives an insight into the tem

ure sensitivity of the separation performance. The oper
emperature for the SMB experiments is chosen as 23◦C in
rder to have the best temperature stability for the avai
limate control system.

ig. 9. (a) Temperature dependence of the Henry’s constants of uridin
n the (m2, m3) plane at different temperatures.
uanosine at 5% ethanol in water and (b) the resulting regions of complparation
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Fig. 10. Region of complete separation of guanosine and uridine at 23◦C
for 5% ethanol in water. Solid line: separation region based on single column
Henry’s constants measurements; broken line: separation region estimated
from SMB experiments. The operating points of those experiments are in-
dicated, whereast∗ = 2 min,m1 = 2.89 andm4 = 0.88 were kept constant
for all points.

Fig. 10shows the position of the experimental points on
the (m2, m3) operating plane, the obtained extract and raf-
finate purities are shown inFig. 11. It can be observed that
going along the line parallel to the diagonal with increasing
m2-values (seeFig. 10), the system behaves in the expected
way, i.e. the extract purity increases and the raffinate purity
decreases (seeFig. 11a). On the other hand, it is obvious
from Fig. 10andFig. 11a that the triangular region of com-
plete separation applied to the SMB unit is slightly shifted
with respect to the one obtained using the measured Henry’s
constants (given inFig. 10 with solid lines). According to
the triangle theory, the operating points corresponding to the
triangular region lead to 100% purity for both outlets. Here,
the maximum achievable purity for both outlets was about
99.6%. Therefore, we have chosen 99% purity as the cutoff
criterion and defined the borders of the experimental com-
plete separation region accordingly. This is drawn inFig. 10
with dashed boundaries.

The isotherm measurements were performed by control-
ling the HPLC column temperature, whereas the SMB runs
were carried out by controlling the room temperature. There-
fore, the mismatch between the complete separation regions
determined by isotherm measurements and SMB experiments
could be explained by a slightly higher temperature, e.g.
∼1◦C, inside the columns, whereas the room temperature
was stable at about 23◦C. According to the triangle theory,
the optimal operating conditions for an SMB separation are
at the vertex of the complete separation region. Three more
experiments were run (Run 11–13 inTable 2) and the vertex
of the triangle region was located. The position of the operat-
ing points in the (m2, m3) operating plane is shown inFig. 10,
whereasFig. 11b gives the corresponding product purities as
a function of the correspondingm2-values.

4.2. Controlled SMB separation of nucleosides

Our on-line optimization based SMB control concept has
been implemented experimentally on the separation of nucle-
osides presented in the previous section. For all experiments
given below, the switch time was fixed ast∗ = 2 min, and the
mobile phase was 5% ethanol in water. The operating tem-
perature was chosen as 23◦C, but variations between 23 and
24◦C were to be expected due to the limited accuracy of the
climate control in the room. The reduced-order time-varying
l de-
s
ε eri-
m the
d
ε e a
p f the
c

4
is

r ure-
m (see
S be

F ing. 10. (a se to
t

ig. 11. Obtained steady state purities for the operating points shownFi
he vertex of the estimated separation region.
inear SMB model used by the controller is obtained as
cribed in Section2.1 usingHU = 1.303, HG = 2.248 and
∗ = 0.375. These are different from those obtained exp
entally by running SMB experiments and used to draw
ashed triangle inFig. 10, i.e.HU = 1.316, HG = 2.140 and
∗ = 0.375. This is done on purpose in order to introduc
lant/model mismatch and to challenge the robustness o
ontrol concept.

.2.1. Case of plant/model mismatch
Uncertainty in the retention behavior of the species

ather typical in SMB chromatography, e.g. due to meas
ent errors, temperature deviations, plant dead volume
ection4.1). Therefore, the SMB control concept should

) The points on the line parallel to the diagonal and (b) the points clo
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robust enough to yield good performance under such uncer-
tainties. Hence, we have introduced a plant/model mismatch
by developing the controller on the basis of isotherm param-
eters that are different from the real ones in the SMB plant.
This result aims at demonstrating that the controller is able to
fulfill the required product specifications and to operate the
SMB unit at the optimal operating conditions despite uncer-
tainties in the system behavior that are reflected in errors in
the estimation of the model parameters.

The plant was started up without controller at an op-
erating point above the complete separation region (m1 =
2.276, m2 = 1.263, m3 = 2.294, m4 = 1.298), thus leading
to purities ofPE = 90.4% andPR = 91.4% at cycle 8 as
shown inFig. 12. The low product purities are not only due
to the wrong choices of the operating point in the (m2, m3)
plane, but also due to the wrong values ofm1 andm4 that
lead to improper regeneration in Section1 and 4.

The controller is switched on after cycle 8, to fulfill a
specified purity requirement ofPmin ≥ 99% for both extract
and raffinate. Recall that the primary task of the controller
is the achievement and maintenance of the specified prod-
uct purities despite uncertainties and disturbances, whereas
the secondary task is the optimization of the separation per-
formance in terms of productivity and solvent consumption.
This objective is reflected by the cost function of the opti-
mization problem (Eq.(8)) where proper weights are chosen,
i e
w de of
e r ab-
s

Fig. 12shows the purities of extract and raffinate outlets
measured by the on-line monitoring system and the produc-
tion cost (F) throughout the entire operation, i.e. a duration of
54 h. The production cost (F) is defined according to the cost
function of the optimization problem (Eq.(8)), but without
the contribution of the slack variables:

F = λDQave
D − λFQave

F (22)

HereQave
D andQave

F are the average solvent consumption and
throughput over a cycle, respectively. One can see fromFig.
12 that once the controller is switched on, it adapts the oper-
ating conditions effectively and fulfills the specified product
purities at the expense of the production cost, despite the
plant/model mismatch. Following the fulfillment of the pu-
rity requirements, the production cost is then optimized. Note
that if the products purities are above the specifications, there
is room for the controller to optimize the economics of the
process. The behavior of the controller reflecting this possi-
bility can be clearly observed by looking at the dynamics of
the product purities and of the production cost throughout the
operation.

Fig. 13 shows how the controller changed the flow rate
ratios in the four sections of the unit during the experiment in
order to accomplish the given task. The resulting trajectory
of the operating point with respect to the region of complete
s te
r
a y.
T o the
r ns

F st (. The c rity of
m

.e.λD = 4, λF = 18, λ1 = 100 andλ2 = 100. Note that th
eights are chosen by considering the relative magnitu
ach term constituting the cost function rather than thei
olute magnitude.

ig. 12. Product purities of extract and raffinate and the production coF)

inimum 99% for both products.
eparation in the (m2, m3) plane and to the region of comple
egeneration in the (m4, m1) plane, i.e. defined byHG ≤ m1
ndHU ≥ m4, are illustrated inFig. 14a and b, respectivel
he regions with the dashed boundaries correspond t
eal behavior in the SMB plant (at 23◦C), whereas the regio

ontroller is switched on after cycle 8 in order to achieve a desired pu
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Fig. 13. Controller action throughout the operation in terms of flow rate ratios (mj) that are calculated by average internal flow rates over one cycle.

with the solid boundaries are calculated based on the isotherm
parameters used by the controller. One can see that after the
controller is activated, i.e. after cycle 8, the operating point
in the (m2, m3) plane is moved down towards the region of
complete separation of the plant (seeFig. 14a). Moreover,
m1 andm4 are changed so as the operating point is moved
further inside the region of complete regeneration in order to
overcome the regeneration problem (seeFig. 14b). Note that
the SMB unit is operated close to the vertex of the triangu-
lar region (seeFig. 14a), which corresponds to the optimal
operating conditions according to triangle theory[3].

This result demonstrates that the controller does not need
to rely on accurate system parameters to achieve the prod-
uct specifications and to optimize the economics of the
process.

4.2.2. Case of disturbance in the SMB operation
As stated above, the task of the controller is to assure the

product quality and to operate the SMB unit despite uncer-
tainties and disturbances. Having shown the robustness of the
control scheme against uncertainties, here we aim at assess-
ing the performance of the controller when the SMB plant is

F spect oint on
t eration s the ones
w btain th
ig. 14. (a) Trajectory of the operating point on the (m2, m3) plane with re
he on the (m4, m1) plane with respect to the region of complete regen
ith solid line are based on the isotherm information that is used to o
to the region of complete separation. (b) Trajectory of the operating p
. The regions given by dotted line are valid for the SMB plant, wherea
e SMB model of the control scheme.
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Fig. 15. Product purities of extract and raffinate, not controlled, same start up conditions as above (m1 = 2.276, m2 = 1.263, m3 = 2.294, m4 = 1.298, t∗ =
2 min). A 10% increase of the feed flow rate is introduced as a disturbance after cycle 47.

subjected to disturbances. The most common SMB configu-
rations require four to five pumps and operational problems
due to malfunctioning of the pumps are familiar to SMB prac-
titioners. Therefore, in this second test case we considered a
situation in which the feed pump starts to deliver 10% more
flow from a certain point on for the rest of the operation.

Before investigating the behavior of the controller under
such circumstances, it is important to quantify the effect of
such a disturbance on an SMB plant operated without any
control scheme, so that the control performance can be ap-
preciated. To this aim, the SMB plant is started up under the
same conditions as in the previous case (see Section4.2.1)

F e contr above
9 to the rts to deliv
1

ig. 16. Product purities of extract and raffinate and production cost (F). Th
8.5% for both products. The disturbance on the feed pump (unknown

0% more than it should do.
oller is switched on after cycle 1 in order to achieve a desired purity of
controller) is implemented at the end of cycle 100 and feed pump staer
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Fig. 17. Controller action throughout the operation in terms of flow rate ratios (mj) that are calculated by average internal flow rates over one cycle. The
disturbance on the feed pump (unknown to the controller) is implemented at the end of cycle 100 and feed pump starts to deliver 10% more than it should do,
which causes the discontinuity inm3 andm4.

and run until it reaches steady state. The feed flow rate is
increased by 10% after cycle 47 in order to illustrate the ef-
fect of such a disturbance on the separation performance of
an uncontrolled SMB unit.Fig. 15gives the corresponding
plant response in terms of product purities. It can be seen that
the start up operating conditions lead to a purity of about 94%
and 92% for extract and raffinate, respectively, whereas the
change in the feed flow rate results in a 7% decrease in the pu-
rity of both outlets. Note that the extract and raffinate purities
are fluctuating slightly even at steady state conditions. This
is probably due to temperature variations in the system and
possibly also due to pulsations of the pumps. This actually
indicates that the system is already subject to disturbances
that are hard to avoid completely.

The controlled SMB operation is started up under the same
initial conditions as in the case illustrated inFig. 15and the
controller is switched on after the first cycle. The specified
minimum purity requirement is defined asPmin ≥ 98.5% for
both extract and raffinate. This constraint is fulfilled after
about 25 cycles following the start up (seeFig. 16). The dis-
turbance, which is of course unknown to the controller, is
implemented after cycle 100. The feed pump delivers 10%
more flow for the rest of the operation. It can be observed
from Fig. 16 that the controller rejects the disturbance and
recovers the required outlet purities within 20 cycles, at the
expense of the production cost that increases. Once the prod-
u then
o

Fig. 17 illustrates the controller action in terms of flow
rate ratios,mj, throughout the operation. The implemented
disturbance affects directly the flow rates in Sections3
and 4, by increasing them. One can see that the controller
counteracts and compensates for the consequences of the
increased feed flow rate. It is worth mentioning that the
controller operates the plant very close to the vertex of the
complete separation region in the (m2, m3) plane both before
and after the disturbance.

As a final remark, this operation is carried out by using
slightly different weights in the cost function of the optimiza-
tion problem with respect to the test case in Section4.2.1, i.e.
λD = 2, λF = 4, λ1 = 100 andλ2 = 100. It can be observed
that the values of the weights do not have a significant influ-
ence on the controller performance, provided there is a clear
difference in the relative magnitude of the terms constituting
the cost function, i.e.λD Q

nc
D andλF Q

nc
F .

This result demonstrates that the controller can minimize
the off-spec production, assure the product quality and opti-
mize the performance of the plant despite major disturbances
in the SMB operation.

5. Conclusions

ple-
m at
h ed on
ct specifications are achieved, the cost is improved and
ptimized.
In this work, we have presented the experimental im
entation of an optimizing controller for SMB units th
as several remarkable features. The controller is bas
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a simplified model of the SMB unit, and does not require
that this model is very accurate, i.e. it is able to cope with
significant uncertanities in the model parameters. It relies on
feedback information from the plant in terms of composi-
tion, hence purity, of extract and raffinate. In earlier works,
we had demonstrated the effectiveness of the controller when
applied to a virtual SMB plant, in the case of systems char-
acterized by both linear and nonlinear isotherms. Here, we
have shown that the controller works indeed also on a real
SMB plant, which in this case is a eight-column SMB used
for the separation of the nucleosides uridine and guanosine.
The compounds to be separated exhibit linear adsorption be-
havior, and on-line information about product composition
has been obtained by using data about UV absorbance at dif-
ferent wave lengths. These results open up rather promising
perspectives in SMB chromatography, namely the possibility
of reducing to a minimum the time for system characteriza-
tion before starting a preparative SMB separation. This looks
particularly attractive for chiral systems and for multicom-
ponent separations where adsorption characterization may
be very time consuming.

6. Nomenclature

a specific surface of the adsorbent particles (cm−1)
A

c

F
H

H
k

k

m

N
N

n

n

P
q

Q

s
S
t

t

t

u
V
V

V

w

x
y

G
ε

λD, λF, λ1, λ2 weighting factor in cost function
λ wave length (nm)

Subscripts and superscripts
ave average
A, B components
D desorbent
E extract
F feed
G guanosine
i component index
j section index (j = 1, . . . , 4)
k cycle index
max maximum
min minimum
n time step index within a cycle (n = 0, . . . , N − 1)
nc over the control horizon
R raffinate
ref reference
U uridine
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